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Abstract 

 

 In this paper oxygen transfer in the ferrous iron biooxidation process in a packed 

bed reactor is studied. The reactor consists of a polymethyl methacrylate column 

randomly packed with siliceous stone particles with inlets for liquid medium and air at 

the bottom from where they flood the reactor. 

 The aim of this work is to determine the parameters that influence the oxygen 

transfer from air bubbles to the liquid medium, and to characterize the oxygen transport 

through the bulk liquid medium. 
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1. Introduction 

 

 Ferric iron can be used as oxidising agent in hydrometallurgical leaching 

operations (Carranza et al., 1993; Iglesias et al., 1996) (MS + 2Fe3+  M2+ + S0 + 

2Fe2+) and in the removal of hydrogen-sulphide in combustible gases (Magota and 

Shiratori, 1988) (2Fe3+ + SH2  2Fe2+ + S0 + 2H+). In these processes, the ferric iron 

consumed can be regenerated by the biological oxidation (by Thiobacillus ferrooxidans 

and other ferrooxidant bacteria) of the ferrous iron produced ( 2Fe2+ + ½ O2 + 2H+  
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2Fe3+ + H2O).  In this way, both processes are closed treatments (Fig. 1). The economic 

viability of these processes depends strongly on the biooxidation efficiency. 

The highest ferric iron productivity found in the literature (Livesey-Goldblatt et 

al., 1979; Lancy and Tuovinen 1984; Nakamura et al., 1986; Nikolov et al., 1988; 

Grishin and Tuovinen, 1988; García et al., 1989; Carranza and García, 1990; 

Karamanev, 1991; Armentia and Webb, 1992; Gómez and Cantero, 1999; Mazuelos et 

al., 1999, 2000, 2001) was obtained in a bioreactor that consisted of a column packed 

with siliceous stone particles with inlets for liquid medium (ferrous iron solution) and 

air at the bottom (Mazuelos, 2000). In this bioreactor, the liquid and air flow rates were 

simultaneously increased stepwise. Air flow rate had a noticeable effect on ferric iron 

productivity, which increased as the air flow rate increased. The authors concluded that 

the biooxidation process was limited by the availability of oxygen in the liquid medium.  

Oxygen transfer is the key to aerobic biological processes, especially at high cell 

densities when cell growth is likely to be limited by availability of oxygen in medium; 

therefore the understanding of the phenomena implied in the oxygen transfer is essential 

for the design of these reactors. 

 The present work studies the parameters that influence the oxygen transfer from 

air bubbles to the liquid medium and the characterization of the oxygen transport 

through the bulk liquid medium in a packed-bed reactor, in which the geometrical 

design details, operating conditions and liquid medium composition were similar, as far 

as possible, to those of the bioreactor studied by Mazuelos et al. (2000) for the ferrous 

iron biooxidation.  

 

2. Materials 
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2.1. Reactor 

 

 The reactor was similar to that used by Mazuelos et al. (2000) except for the 

biofilm formed on the solid support.  

 The reactor consisted of a 1249 mm high and 84 mm diameter polymethyl 

methacrylate column randomly packed with siliceous stone particles of 6-7 mm in size. 

The reactor was divided into four zones, named zero, first, second and third floor. First, 

second and third floors were packed-beds each 280 mm high, in which the porosity was 

0.42. A 45 mm high empty space separated each bed floor from the next one. The 

packing of each floor was supported by plastic screens. The air diffuser was placed at 

the bottom of the column, inside the zero floor. Zero floor was a space without support 

particles. The air diffuser was a wood prism (4.3 x 1.5 x 1.5 cm) from whose pores 

emerged the air bubbles. Air was supplied under pressure (0.5 bar) by a compressor. 

The liquid medium was fed at the bottom of the column by a peristaltic pump and went 

out by a hole (by overflow) placed above the third floor. The reactor was placed in a 

thermostatically controlled room, the temperature of which was maintained at 31ºC. 

 

2.2. Liquid medium 

 

 The liquid medium was a ferrous sulphate acid solution with 8 g/L of ferrous 

iron and pH 1.25 adjusted with sulphuric acid. 

 

3. Methods 

 

3.1. Bubble size distribution 
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 The air bubble size distribution was experimentally studied for packed-bed 

heights (h) of 0 to 84 cm. 

The experimental procedure was as follows: a packed-bed h cm high was made with 

support particles. Then, liquid medium was added to fill the column and the air flow 

rate was set at 1.1 L/min. Bubble images were obtained by filming the zone on top of 

the packed-bed by a video camera (Oliveira and Ni, 2001) with the aim of measuring 

the air bubbles that left the packed-bed. To obtain a representative bubble size 

distribution (BSD), the diameter of 200 bubbles randomly selected was measured using 

a TV-monitor. 

 

3.2. Volume occupied by gas 

 

 The volume of gas inside the reactor (VG) was determined at packed-bed heights 

(h´) of 0 to 84 cm. The experimental procedure was as follows: the column was filled 

with liquid medium and a packed-bed h´ cm high was made with support particles. The 

liquid level was adjusted up to 0.5 cm above the packed-bed. Air was supplied at a flow 

rate of 1.1 L/min. The volume occupied by air was determined by measuring the 

changes in the liquid height with a fine scale fixed on the column (Oliveira and Ni, 

2001). The procedure involves measuring the liquid level without the presence of gas 

and the corresponding level when gas is continuously introduced at a given flow rate. 

 

3.3. Gas-liquid interfacial area 
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 In a bubble size distribution, each bubble size, characterized by the bubble 

diameter di, is associated to a frequency of appearance, fi, or bubble number fraction, 

defined as 

 

fi = ni / 200          (1) 

 

where ni is the number of bubbles with size di. The mean bubble diameter, db, is 

calculated according to 

 

db = (di 
.  fi)          (2) 

 

 The total interfacial area for oxygen transfer is the gas-liquid interfacial area 

which is a function of the total volume of gas in the system as well as of the bubble size 

distribution. The gas-liquid interfacial area in a given section of the column between 

heights j and k, Ajk, is given by  

 

Ajk = ajk 
. (VG)jk         (3) 

 

where ajk and (VG)jk are the mean specific interfacial area and the volume of gas bubbles 

respectively in the section [j-k] of the column. They are calculated from 

 

ajk = (aj + ak)/2         (4) 

 

(VG)jk  = (VG)k – (VG)j         (5) 
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where aj and ak are the specific interfacial area for heights j and k, calculated from 

equation (6), and (VG)k  and (VG)j are the total volume of gas bubbles at heights j and k 

measured experimentally. 

The specific interfacial area at a height h is calculated according to 
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     (6) 

 

where Sh is the average surface area of bubbles at height h, Vh is the average volume of 

bubbles at height h, and nTh  is the total number of bubbles at height h. 

 

3.4. Effect of the column height on the mass transfer coefficient value 

 

 The general expression for the gas-liquid transfer rate of a component A can be 

simplified for systems in which most of the resistance lies in the liquid phase film: if A 

is poorly soluble in the liquid, e.g. oxygen in aqueous solution, the liquid phase mass-

transfer resistance dominates and the gas-liquid oxygen transfer rate, , can be 

calculated from the following equation: 

 

 = kL . A .  (cL
*  - cL)           (7) 

 

where kL is the liquid-phase mass-transfer coefficient, A is the gas-liquid interfacial 

area, cL is the oxygen concentration in the liquid medium and cL
* is the oxygen 

concentration in the liquid medium in equilibrium with the gas phase, that is, the 

oxygen solubility in the liquid medium. 
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 The rate of oxygen transfer is influenced by several physical and chemical 

factors that change either the value of kL or the value of A, or the driving force for mass 

transfer, (cL 
* - cL). For a given set of operating conditions, the maximum rate of oxygen 

transfer occurs when the concentration difference driving force (cL
* - cL) is highest, i.e. 

when the concentration of dissolved oxygen, cL, is zero. 

 Titanium (III) is a powerful reducing agent and reacts instantaneously with the 

oxygen dissolved in the liquid medium according to the equation: 

 

4 Ti3+ + O2 + 6 H2O  4 TiO2 + 12 H+ 

 

therefore, an excess of Ti3+ assures a null concentration of oxygen in the liquid medium. 

A set of assays were carried out for several packed-bed heights, in which the liquid 

medium was mixed with a 15% w/w TiCl3 in concentrated hydrochloric acid solution in 

a volumetric ratio of 93.3/6.7 (liquid medium/TiCl3 solution). Air and liquid flow rates 

were 1.1 L/min and 2.4 L/h respectively and the reactor operated in continuous mode. In 

the experiment, the titanium concentration in liquid flowing to and from the reactor was 

measured. For a packed-bed height j, from a mass balance at steady state, the difference 

in titanium flow between inlet and outlet must be equal to the titanium oxidation rate 

and to the maximum oxygen transfer rate from gas to liquid: 

 

j = Fl 
. ([Ti3+]i   - [Ti3+]o) = kL . A . cL

*         (8) 

where Fl is the volumetric liquid flow rate, [Ti3+] is the concentration of titanium in the 

liquid medium, and subscripts i and o refer to inlet and outlet liquid streams 

respectively. 
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Gas-liquid oxygen transfer rate for a section of reactor between heights j and k is 

calculated as 

 

vjk = vk – vj           (9) 

 

 From equation (8), kL values in two reactor sections, between j and k, and h and i 

heights respectively, can be related by the following equation: 

   

kLjk = kLhi 
. jk 

. Ahi / hi 
. Ajk        (10) 

 

3.5. Residence time distribution 

 

 The residence time distribution (RTD) was experimentally studied at packed-bed 

heights of 0 to 84 cm. Air and liquid flow rates were 1.1L/min and 2.4 L/h respectively. 

Copper ion was used as a tracer. At a specific time (t = 0), 5 mL of a copper sulphate 

solution with 40 g/L of copper was injected quickly in one shot into the feed stream. 

The outlet copper concentration was then measured as a function of time.  

 

3.6. Analytical methods 

 

 Ferrous iron concentration was determined by end-point automatic titration with 

0.0083 M K2Cr2O7. Copper concentration was determined by atomic absorption 

spectrophotometry. Titanium (III) concentration was analyzed by measuring the ferrous 

iron resulting from the reaction of Ti(III) with an excess of Fe(III) according to: 
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Ti3+ + Fe3+   Ti4+ + Fe2+ 

 

(1 mL of problem solution plus 3 mL of ferric sulphate solution with 12 g/L of iron and 

pH=1.25; 1 minute of intensive mixing) 

 

4. Results 

 

4.1. Ferric iron productivity of the bioreactor 

 

 The bioreactor studied by Mazuelos et al. (2000) for the ferrous iron 

biooxidation was tested at various steady states. In the experimental conditions used, the 

biooxidation process was limited by the availability of oxygen in the liquid medium. 

The operating conditions and the ferric iron productivity obtained in each floor and the 

whole system were the following: 

 

Steady state selected:   air flow rate = 1095 mL/min 

    liquid flow rate = 2374 mL/h 

Ferrous iron concentration in the inlet solution = 8.08 g/L (pH = 1.28) 

Ferric iron productivity:  zero floor =         1.14 g/h 

    first floor =         7.31 g/h 

    second floor =    4.89 g/h 

    third floor =        2.90 g/h 

    whole reactor = 16.24 g/h   

 

4.2. Gas-liquid interfacial area 
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 Fig. 2 shows the mean bubble diameter, db, and the volume occupied by gas, VG, 

as a function of the packed-bed height. Table 1 shows the gas-liquid interfacial area 

calculated for different packed-bed sections. 

 

4.3. Effect of the column height on the mass transfer coefficient value 

 

Table 2 shows the gas-liquid oxygen transfer rate when TiCl3 was present in the 

liquid medium, calculated from equation (8), at several packed bed heights. By applying 

equation (10), the following kL relationships between different sections of the first floor 

and zero floor were obtained: 

 

kL(0-10 cm)  = 0.14 . kL0        (11) 

kL(10-15 cm) = 0.50 . kL0        (12) 

kL(15-20 cm) = 0.62 . kL0        (13) 

kL(20-25 cm) = 0.59 . kL0        (14) 

kL(25-28 cm) = 0.69 . kL0        (15) 

 

4.4. Residence time distribution 

 

 Fig. 3 illustrates the normalized RTDs function, E(), at three packed-bed 

heights, calculated from pulse tracer experiments. The reactor has been modelled as 

equal size ideal continuous stirred tank reactors in series. The number of tanks in series 

necessary to model the reactor, N, is determined from the dimensionless variance, 
2, 

according to the following equation: 
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N = 1 / 
2 = 2 / 2         (16) 

 

where  is the mean residence time and 2 is the variance calculated from the pulse 

tracer experiment. As the number of reactors increases, the behavior of the system 

approaches that of a plug-flow reactor 

 Table 3 shows the residence time distribution and model parameters at different 

packed-bed heights. 

 

5. Discussion 

 

 Fig. 2 shows that the mean bubble size increased, as a result of a continuous 

coalescence process, as the height of the packed bed increases up to 20 cm. The mean 

bubble size remained almost constant at higher heights probably due to the fact that the 

bubble size became determined by the size of channels between the solid particles in the 

bed. It is the combination of smaller bubbles (larger specific interfacial area) with 

higher gas volume per unit of bed (slope of the VG vs. height curve in Fig. 2) that 

promoted an enhanced oxygen transfer in the first floor since its gas-liquid interfacial 

area, calculated from Eq. (3), was higher than those of the second and third floors 

(Table 1). The same arguments are valid to explain the similar values of the gas-liquid 

interfacial area in second and third floors. 

 The stream of gas in the form of small bubbles leaving the diffuser was the main 

source of agitation in the reactor. Therefore, as a section of the reactor was closer to the 

air diffuser its degree of liquid axial mixing must be higher hence the liquid flow pattern 

approaches that of the ideal CSTR. Table 3 illustrates this effect in a quantitative 
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manner. In the first floor complete mixing as if in one well-mixed tank is found and for 

the whole column (84 cm) two well-mixed tanks simulate the flow pattern. Intensity of 

mixing therefore decreases with increasing distance above the inlet.  

 From Eqs. (11) to (15) it can be seen that the value of kL in the zero floor, i. e. 

kL0, was higher than those in any section of the first floor. This is due to the fact that, 

with regard to any section of bed, mixing was favoured in the zero floor by the presence 

of the air diffuser and the absence of support particles. Taking into account these 

arguments it can be postulated that the value of kL in the zero floor (kL0) was also higher 

than those in second and third floors. 

 The limitations of the methodology applied to the study of the oxygen transfer 

lie in the fact that an abiotic system is involved, which may differ from conditions 

present in a bioreactor with a biofilm on the support particles. Therefore, the application 

of absolute values of the parameters experimentally determined in this study to the 

bioreactor developed by Mazuelos et al. (2000) would be incorrect, mainly for the 

following reasons: 

- In spite of the fact that both systems are geometrically similar and have the same 

type of solid particles forming the packed bed, passageways for gas and liquid in 

the bed will be different in size and shape (more or less tortuous) mainly due to 

the presence or absence of biofilm. This implies a liquid-bubble mixing pattern 

different in each system. 

- In accordance with the methodology employed for the liquid flow model study, 

this is related to the bed height instead of to the vertical position in the whole 

reactor (including zero, 1st, 2nd and 3rd floors). In the whole reactor, at a certain 

vertical position “h” lower than its total height, the liquid flow is influenced by 

the motion of elements of fluid located both below “h” and above “h” . 
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- Owing to the presence of biomass in the bioreactor fluid characteristics (density, 

viscosity, surface tension, etc) might be different from those of the liquid used in 

this work. It is known that oxygen transfer is influenced by the presence of cells 

in fermentation broths (Doran, 1995). Cells interfere with bubble break-up and 

coalescence, and cells, proteins and other molecules which adsorbs at gas-liquid 

interfaces also cause interfacial blanketing which reduces the contact area 

between gas and liquid. 

Taking into account the above mentioned statements it can be concluded that the 

relationships between the kL
 values of different sections in the bioreactor would be 

different from those obtained in this work. However, it is possible  to consider 

experimental results in a relative and qualitative way in order to describe the gas-liquid 

oxygen transfer in the bioreactor. It is postulated that the following results are valid in 

the bioreactor: 

- The gas-liquid interfacial area of the first floor is higher than that of the second 

and third floors, these two being similar. 

- The liquid axial mixing extent depends on the vertical location in the column, 

increasing as the proximity to the air diffuser increases. 

- The kL value in the zero floor, kL0, (without bed) is higher than that in the 1st, 2nd 

and 3rd floors (with packed bed). 

By considering these results, an hypothesis is made to address how gas-liquid 

oxygen transfer contributes to explain the differences in the ferric iron productivity 

found in each floor of the bioreactor (Mazuelos 2000): 

1) the oxygen transferred by bubbles housed in bed floors is almost totally 

consumed by the biomass living there, since the dissolved oxygen was the 

limiting agent of the biooxidation process in the steady state considered . 
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2) The oxygen transferred by bubbles housed in zero floor is no totally 

consumed by the biomass living there as there are good conditions for oxygen 

transfer (the highest gas-liquid interfacial area and the highest value of kL in 

the column) and low biomass density because there is not inert support for 

biofilm formation. 

3) The spare dissolved oxygen in zero floor is transported by the liquid moving 

upwards to other sections of the bioreactor where it is consumed by the 

biomass housed in the biofilm. 

4) The amount of oxygen transported by the liquid moving upwards from zero 

floor to other sections of the bioreactor is proportional to the liquid axial 

mixing extent in them. Axial mixing allows in its turn that liquid moving 

downwards and passing through zero floor increases its dissolved oxygen 

concentration. 

Now, ferric iron productivity differences can be understood. The highest ferric 

iron productity was obtained in the first floor due to its high gas-liquid interfacial 

area and to its high liquid axial mixing extent. The ferric iron productivity of the 

second floor was higher than that of third one due to the fact that, in spite of both 

floors having similar gas-liquid interfacial areas, the second floor has a liquid axial 

mixing extent higher than that of the third floor. 

 

6. Conclusions. 

 In a packed-bed reactor for ferrous iron biooxidation the gas-liquid interfacial 

area per unit of bed height is not constant along the reactor, being higher in sections 

closer to the air diffuser. In spite of being a tubular reactor there are deviations from the 

plug-flow model that are higher as the reactor section is closer to the air diffuser. When 
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the dissolved oxygen is the limiting agent for the biooxidation process, the ferric iron 

productivity in a section of the reactor depends on the gas-liquid interfacial area and on 

the axial mixing extent of the section. 
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Table captions: 

 

Table 1 

Gas-liquid interfacial area in different sections of the reactor 

 

Table 2 

Gas-liquid oxygen transfer when TiCl3 was present in the liquid medium 

 

Table 3 

Parameters used to characterize RTD 
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Figure captions: 

 

Figure 1 

Simplified flowsheets of the indirect bioleaching with effects separation process and the 

desulfuration of gaseous fuels.  

 

Figure 2 

Effect of the packed-bed height on the mean bubble size and the gas volume 

 

Figure 3 

RTD curves for different bed heights. Air flow rate: 1.1 L/min, liquid flow rate: 2.4 L/h 
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Tables: 

 

Table 1 

 

 

Packed bed zone 
Gas-liquid Interfacial area 

ajk (cm2) 

Gas-liquid Interfacial area 

(cm2) 

Zero floor 8265 Zero floor: 8265 

0-2 cm 3203 

First floor: 7008 

2-4 cm 818 

4-6 cm 589 

6-8 cm 362 

8-10 cm 239 

10-12 cm 247 

12-15 cm 175 

15-20 cm 497 

20-25 cm 402 

25-28 cm 476 

28-56 cm 3861 Second floor: 3861 

56-84 cm 4183 Third floor: 4183 
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Table 2 

 

 

Packed bed heights 

(cm) 

gas-liquid transfer rate 

(vj)(moles O2/s) 

gas-liquid transfer rate 

(moles O2/s) 

0 3.11·10-6 Zero floor (v0): 3.11·10-6 

10 3.39·10-6 

First floor (v28-v0): 

6.90·10-7 

15 3.47·10-6 

20 3.59·10-6 

25 3.68·10-6 

28 3.80·10-6 
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Table 3 

 

 

Packed-bed heights 

(cm) 

 

(min) 

2 

(min2) 


2 N 

Zero floor 22.68 446.08 0.87 1.15 

2 21.58 417.90 0.90 1.11 

4 22.11 394.94 0.81 1.24 

6 22.43 403.36 0.80 1.25 

8 23.82 454.47 0.80 1.25 

10 24.19 449.09 0.77 1.30 

12 24.82 455.19 0.74 1.35 

15 25.93 474.43 0.71 1.42 

20 27.79 535.97 0.69 1.44 

25 29.32 556.64 0.65 1.54 

28 30.70 595.82 0.63 1.59 

84 67.78 1964.3 0.43 2.34 
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